TURBULENCE IN
FALLING LIQUID FILMS

On the basis of fluid dynamic and heat transfer studies on falling-film towers by
various investigators, it has been commonly accepted by most workers that the liquid
flow is essentially streamline in nature for liquid-film Reynolds numbers under 1,800
to 2,000; consequently it would be expected that the rate of physical gas absorption
in such liquid films could be predicted directly from a knowledge of molecular
diffusion rates.

Measurements of the absorption of pure gases in falling liquid films at low Reynolds
numbers substantiated the findings of other investigators that the mass transfer rates
were manyfold greater than could have been predicted if molecular diffusion were
the only transfer process. Increased interfacial area due to rippling of the liquid
films could not account for the large increase in mass transfer rates found, and
experiments with the addition of a dye stream to the liquid at the free interface
indicated turbulence.

Dissolution rates of slightly soluble solids coated on the tube wall to liquid films
were measured and showed that the liquid film was not in laminar flow even for
Reynolds numbers as low as 300.

An explanation is proposed which resolves these apparently conflicting results
between momentum and heat and mass transfer, based on the fact that mass transfer
‘measurements provide a more sensitive test for the presence of turbulence than do
momentum or heat transfer measurements.

Existing theory for the design
of gas-liquid reactors is not ade-
quate at the present time owing
to lack of knowledge as to what is
taking place in the liquid phase
near the phase boundary. This work
was undertaken to study the physi-
cal system, without reaction, since
an understanding of the mechan-
ism of liquid-phase mass transfer
is essential for the development
and application of any fundamental
theory for the combined diffusion-
reaction case. A falling-film tower
was selected for preliminary work
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primarily because of its relatively
constant and known interfacial
area. In addition, certain apparent
anomalies exist between mass, heat,
and momentum transfer data for
falling-film towers, and it was be-
lieved that an explanation which
could reconcile these differences
would also shed light on the liquid-
phase mass transfer process.

LIQUID-PHASE MASS TRANSFER
DATA

A number of investigators have
studied mass transfer in falling
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liquid films and have in general
found that the measured absorp-
tion rates are considerably greater
than would have been predicted by
theory. For example, Johnstone
and Pigford(14) reported values
for the heights of liquid-film trans-
fer units, H;, for distillation in a
wetted-wall column one half to one
quarter those predicted by theory
for liquid-film Reynolds numbers
ranging from 100 to 500. In a
paper on distillation of ethanol-
water in a wetted-wall column,
Surowiec and Furnas(25) reported
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heights of liquid-film transfer units
about 1/14 of those predicted from
heat transfer equations in the
Reynolds number range of 125 to
340. Data from the work of Hod-
son(11) and Hurlburt(12) on oxy-
gen and carbon dioxide desorption
in a 1.05- by 18.5-in. tower show
desorption rates severalfold great-
er than theory in the laminar flow
range. Runs made in this investi-
gation on the absorption of carbon
dioxide in water in roughly 3- and
6-ft. towers also indicated mass
transfer rates 1 1/2- to 3-fold as
great as the rate predicted by
theory based on molecular diffusion
below liquid-film Reynolds numbers
of 1,800. The apparatus of all in-
vestigators differ somewhat in the
types of calming sections used for
liquid and gas introduction, but
this detail does not appear to be
significant in the relatively long
towers used. One thing common to
all the liquid-film work appears to
be the presence of ripples in the
liquid film, and this fact has been
used by previous investigators to
explain the higher than expected
mass transfer results.

MOMENTUM-TRANSFER DATA

The equations for viscous flow
in a falling-film tower with no drag
at the free interface were first set
up by Nusselt(22). The theory
shows that the velocity distribu-
tion is parabolic, with the maxi-
mum velocity at the free interface
equal to 1.5 times the average
velocity., Friedman and Miller(8)
have shown that the surface veloc-
ity is considerably greater than
that predicted by theory at Rey-
nolds numbers above 25, about the
point they found rippling to begin.
Experiments by Grimley(10), in
which high-speed photographs of
illuminated particles within the
liquid film were taken to determine
the velocity profile at different
points, indicated that the liquid-
velocity profile goes through a
maximum about 1/10 of the film
thickness from the gas-liquid in-
terface. This resembles the veloc-
ity profile commonly encountered
in open channel flow. Near the wall,
however, the velocity profile meas-
ured by Grimley does not depart
appreciably from that of a para-
bolic gradient. Although these ex-
periments point out discrepancies
between the theory and actual con-
ditions, nevertheless a number of
investigators have shown(s, 7, 22)
that the liquid-film holdup checks
the holdup predicted by the the-
oretical equations up to Reynolds
numbers of 1,800 to 2,000. This
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range of Reynolds numbers has,
therefore, been commonly used as
the criterion for the presence or
absence of turbulence; i.e., above
this range the equations cease
to hold because of the presence of
turbulence.

HEAT TRANSFER DATA

In addition to work on momen-
tum transfer, a number of workers
have carried out experiments on
the condensation of pure vapors on
the outside surfaces of vertical
tubes (16, 19,21). In general, be-
low a Reynolds number of 2,000,
the data for heat transfer rates
fall 25 to 509% higher than values
predicted by the viscous-flow equa-
tions based on a parabolic velocity
distribution.

Data have also been reported (1)
for the heating of fluids in stream-
line flow in falling-film towers,
where heat is transferred from a
wall at constant temperature to the
fluid, care being taken to avoid ap-
preciable vaporization., For the
streamline flow region (based on
the criterion 4 I'/u=< 1,800) the
data fall some 20 to 30% higher
than predicted by theory.

DEVELOPMENT OF THEORY

The previous paragraphs present
the experimental facts on hand at
the start -of this work. The ques-
tion to be answered was why mass
transfer rates were so much greater
than those predicted by theory in
the streamline region, while hold-
up measurements checked laminar-
flow theory closely and heat trans-
fer results, while slightly higher
than theory, were nevertheless in
fair agreement. The data for mo-
mentum and heat transfer are con-
sistent with the postulation of
laminar-flow conditions, and the
data for the mass transfer case
indicate the presence of turbulence
in the liquid film.

The explanation used by previous
investigators for the high rate of
mass transfer in the streamline
flow region has been associated
with rippling of the liquid film,
which could increase mass transfer
results by increasing the inter-
facial area or by creating turbu-
lence* in the liquid film. The maxi-
mum increase in surface caused
by the presence of ripples as judged
by visual observation and photo-
graphs is probably less than 50%,
and this would not be. adequate to
explain the increased rates ob-
served in the mass transfer ex-
periments. The work of Friedman
and Miller(8) indicated turbulence
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in the liquid at the free interface,
and similar experiments were per-
formed by the authors. A dye
stream introduced on the surface
of a water film was observed to
spread out in the form of a cone
downstream from the point of in-
troduction. At no time was a lami-
nar dye thread observed in the
rippling film although the Reynolds
number was reduced to as low as
200. Thus the evidence at hand
indicated turbulence at the free
interface, which would be expected
to be present to some degree with-
in the main liquid film. The ques-
tion raised is whether or not turbu-
lence can markedly increase mass
transfer rates while not affecting
to any major degree either momen-
tum or heat transfer rates.
Equations of definition can be
written for molecular transport of
momentum, heat, and mass as

Momentum

1 dP _ 1 u dVv

dL vg. p dy

Heat

1 47 E dT

a 4o pc, dy
Mass

1 de _ de

a do TP dy

It will be noted that w/e, k/ec,,
and Dy, all have identical units and
can be considered as rates per unit
driving potential; i.e., per unit
force, temperature, and concentra-
tion. For water at 81°C. these dif-
fusivities have the following values:

Momentum transfer (kinematic
vigeosity) = 3,020 X 10-5 sq.ft./hr.

Heat transfer (thermal dif-
fusivity) = 569 X 10-* sq.ft./hr.

Mass transfer (molecular dif-
fusivity) D CO, in water =9.3
X 10-5 sq.ft./hr.

D, benzoic acid — water =5.2X
10-3 sq.ft./hr.

From the foregoing tabulations
it can be seen that for water films
the momentum diffusivity is about
five times as large as the thermal
diffusivity, which is in turn about
sixty times as large as the molee-
wlar diffusivity. These values
change slightly with temperature,
but the ratios between them remain
essentially the same, These gignifi-
cant differences in transfer rates
—ﬁ- criterion for turbulence used through-
out this paper is based upon whether or not

experimental results check mass transfer theory
based solely on molecular diffusion.
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per umnit driving force between
momentum, heat, and mass trans-
fer for liquid films are not surpris-
ing, since mass transfer is the
transport of a specific molecular
or ion, while heat and momentum
may be transferred not only by
physical transport, but also by
collision. From this, it is apparent
that if turbulence were present to
any degree, it would have a greater
effect upon the mass transfer rate
than upon the rates of heat or
momentum transfer; i.e., the slow-
est process would show a measur-
able effect first. With this assump-
tion it then would be possible,
within a given range of Reynolds
numbers, to have equations based
on laminar flow hold reasonably
well for momentum and heat trans-
fer and not correlate mass trans-
fer data at all.

It is of interest to examine the
diffusivities for gas films. For air
at 0°C. and atmospheric pressure,
the diffusivities have the following
values:

Momentum transfer (kinematic
viseosity) = 0.51 sq.ft./hr.

Heat transfer (thermal diffus-
ivity) = 0.69 sq.ft./hr.

Mass transfer (molecular dif-
fusivity) Dy CO, in air = 0.53 sq.
ft./hr. Dy water in air = 0.85 sq.
ft./hr.

It is immediately noted that the
large differences in diffusivities for
momentum, heat, and mass trans-
fer disappear for gas films. It
would thus be expected that corre-
lations(3, 9, 24) between heat and
mass transfer for gas systems in
turbulent flow would be wvalid
through the dip region, while simi-
lar correlations for liquid systems
would not be expected to hold in
this manner.

The foregoing explanation, al-
though forming a logical explana-
tion for the observed abnormalities
‘n  momentum, heat, and mass
iransfer rates in liquid films, needs
proof. An experimental program
was, therefore, set up to furnish
data to prove or disprove the pro-
posed explanation.

EXPERIMENTAL WORK

As it was desired to obtain mass
transfer data under identical physi-
cal conditions employed by previous
workers (1) in obtaining heat trans-
fer data, the rate of solution of vari-
ous materials from a solid wall to a
falling liquid film was measured. In
addition to enabling one to establish
whether turbulence existed below
Reynolds numbers of 1,800 to 2,000
in falling liquid films near the tube
wall, these measurements would also
give a quantitative picture of the
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diffusivity across the film from the
wall side outward. Together with ab-
sorption measurements previously re-
ferred to, this would yield a rather
clear picture of the extent of turbu-
lence existing across the entire film.

The first three materials to be used
as coatings were benzoic acid, adipic
acid, and sucecinic acid. The tubes
were coated internally by melting the
crystalline acids and pouring molten
liquid into the tubes via a funnel
while rotating the tubes. In this sim-
ple manner a uniform and smooth
coating was obtained. It was found
that fine crystals and, therefore,
smoother surfaces were obtained if
cold water was circulated through a
jacket surrounding the tubes so that
rapid crystallization took place.

The falling-film tubes used in the
experiments were jacketed glass with
the inside diameter as measured with
the solid coating in place varying
from 0.77 to 1.13 in. Column lengths
varied from 30 to 74.5 in. The liquid
was introduced into a reservoir at
the top of the columns and flowed
over the top. Several layers of stain-
less steel screen held in place around
the top of the column caused a slight
head of liguid to build wuwp in the
reservoir above the tube inlet, and
in this manner uniform liquid flow
around the periphery of the tube was
obtained. Although no definite calm-
ing section at the liquid entrance was
provided, the solid coatings all start-
ed some 3 to 4 in. from the top of
the column.

Distilled water was used in all the
runs and this was heated to the oper-
ating temperature by means of a
coil immersed in a constant-tempera-
ture water bath. In all runs the tem-
perature change of the water between
inlet and outlet was no more than
+0.2°C. Analysis of the eflluent
stream for benzoic acid, adipic acid,
and succinic acid, was made by titrat-
ing with standard sodium hydroxide
using phenolphthalein as indicator.
The percentage saturation of the
effluent as reported in the tables of
data is believed to be accurate within
109%, the precision as measured by
check samples being within 1%. The
solubilities of the acids in the water
used were measured and these figures
were used in all calculations. A com-
parison of measured solubilities with
values from the literature, where
available, checked closely. Molecular
diffusivities used for comparison with
the measured apparent diffusivities
were taken from the literature(i3,
15).

It was found that water would not
completely wet the benzoic acid sur-
face below Reynolds numbers of
about 3,400. A wetting agent, the
sodium salt of an aliphatic sulfonate,
was then added to the water (0.02
and 0.05% by weight) and runs were
made down to a Reynolds number of
about 950. Below this Reynolds num-
ber, incomplete wetting was again
encountered and it was found that
adding additional wetting agent did

A.LCh.E. Journal

no further good.

‘When results of the runs at Reyn-
olds numbers from 2,200 to 3,000
made with the wetting-agent-treated
water were extrapolated to Reynolds
numbers of 3,400 to 3,800, they were
found to check closely results obtained
in the latter Reynolds number range
using pure water. Thus the addition
of the small amount of wetting agent
appeared to have a negligible effect
upon the dissolution rate. All adipic
and succinic acid runs were made
with 0.05% by weight of wetting
agent in water.

Sinee it was anticipated that there
might be some question as to how
smooth the coatings of benzoie, adipie,
and succinic acids were, two other
systems were run; i.e., paraffin wax—
butanol and steariec acid—ethanol. Al-
though both of these latter solids are
crystalline, the erystals are small and
an extremely smooth surface can be
produced by the coating method used.
In addition, no trouble was encoun-
tered with wetting of the solid sur-
faces by the liguids and no wetting
agent was therefore employed. Analy-
sis of the effluent in the paraffin wax
—butanol system was made gravi-
metrieally by evaporating the buta-
nol. With the stearic acid—ethanol
system the stearic acid in the effluent
was determined volumetrically by
direct titration with sodium methyl-
ate using phenolphthalein as indi-
cator. Values of the molecular dif-
fugivity were obtained from the
literature (18) or estimated by the
method of Wilke(27).

TREATMENT OF DATA

The differential equation set up
by Nusselt (22) for the flow of heat
from a wall at constant tempera-
ture to a falling liquid film is

2
T aT
—k—a'z—Cpr—aT‘——:O (1)
oY

Since V varies with y, Nusselt
substituted the parabolic velocity
distribution, shown to be accurate
from holdup data, to obtain

2 2 2
0T _ Cup ( y > oT
k=" \yB—2- | =2~ (2)
2 L

8,7/2 M 6}

Nusgselt solved the foregoing
equation by a difference method
and tabulated his results as ¢ vs.
S where

TZ_ TI

_ kuL
S To - Tl

Coo"B'g

Nusselt also shows his results
as a plot of ¢ vs. S, which is repro-
duced in Figure 1. The differential
equation for mass transfer applica-

and ¢ =
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ble to the dissolution runs may be
obtained by substituting concentra-
tion for temperature and D, the
diffusivity, for k/c,o.

The differential equation for ab-
sorption of a gas in a falling water
film with a parabolic velocity dis-
tribution is

[-(4)]

Johnstone and Pigford(14) give
the following solutions of the Equa-
tion (8):

oC _ Dy &'C
oL © Vm 2
o8

3)

9’_2 = C; _ —5.127
o=, = 0786¢ "4
0.100¢ **74 0.036¢ T4 . ..

4)
where
D.L
17 =
B'Vm

for low values of » the series may
be expressed as

A=
1 z '\/1['_

The foregoing solutions were
used together with the experi-
mental data to calculate the ap-
parent liquid-film diffusivities for
the carbon dioxide absorption and
solid dissolution rumns. The equa-
tions were used throughout the
Reynolds range studied, since the
data of Grimley(10) indicate a
maximum deviation of about 30%
between measured and calculated
velocities at various points within
the film.

RESULTS

Experimental results for the
solid dissolution runs and the CO,
absorption runs referred to under
Mass Transfer Data are shown
plotted in Figure 2 as the apparent
liquid diffusivity vs. Reynolds num-
ber. As can be seen, the apparent
diffusivities for the CO, absorp-
tion and solid dissolution runs are
considerably greater than the molec-
ular diffusivities, which vary from
about 0.5 X 10-% sq.ft./hr. to 10 X
10-% sq.ft./hr. This is so down to
Reynolds numbers as low as 300 to
400.

It will be noted that the apparent
eddy diffusivities have been plotted
against Reynolds number in Fig-
ure 2. The usual equation of defini-
tion for turbulent mass transfer is

YVol. 1, No. 2

c2-C
€8

Te-Ti .
T, -1

=

kal oL
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F1G. 1. PLor OF ¢ vs. S, FRoM NUSSELT

(22) FOR TRANSFER OF HEAT OrR MAss

FROM A WALL TO A FALLING LIQUID
FiLM.

ldc
a df

= (D1 + Ep) d

de
Y

The equation states that the ap-
parent diffusivity is the arithmetic
sum of the molecular and eddy
diffusivities. It is readily seen that
if this is so the data indicate that
the true eddy diffusivity is a func-
tion of the material being trans-

ferred, which does not appear at
all reasonable. The authors prefer
to believe that while the preceding
equation holds with negligible error
where Dy, is much larger than Ej
or vice versa, it is not valid where
D; and E, are of the same order of
magnitude.

It is apparent from the results
that one is dealing with turbulent
flow and thaf as far as mass trans-
fer is concerned turbulence appears
to persist throughout the flowing
layer. The conclusion which may be
drawn is that the assumption of
turbulence throughout the liquid
layer leads to negligible error in
the calculation of mass transfer
rates both for the absorption pro-
cess and the solid solution process.
This conclusion is not only in con-
trast to the usual assumption of
turbulent, buffer, and completely
laminar zones for fully developed
turbulent flow(2, 18, 23, 26), but
also differs somewhat from the as-
sumption made for heat transfer
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by Murphree(20), who assumed
that the thermal eddy diffusivity
varied as the cube of the distance
from the wall at small distances
from the wall.

A comparison of the results of
the mass transfer runs with those
of the publishe;d heat transfer runs
seems to prove that mass transfer
rates are affected considerably
more than heat transfer rates by
small amounts of turbulence. Fur-
ther, since holdup data for falling-
film towers are correlated well up
to a Reynolds number of 2,000 by
use of the theoretical laminar flow
equation, it is apparent that mo-
mentum transfer is not affected by
turbulence to so great an extent
as either mass or heat transfer. It
is postulated that the presence of
turbulence is not necessarily proved
by measurements of any singular
effect and that the transition of
flow from laminar to turbulent is
noted at decreasing Reynolds num-
bers when measurements of mo-
mentum, heat, and mass transfer
rates are respectively used as
criteria. It is of interest to recall
that the experiments of Reynolds,
using the diffusion of a dye as a
criterion for turbulent flow, are
visual measurements of mass trans-
fer rates.

SURFACE TENSION EFFECTS

There is one movre variable not
mentioned up to this point which
markedly affects film appearance
and mass transfer rates in falling-
liquid films. This variable is sur-
face tension. Experiments were
conducted in which a stream of dye
was introduced into a water film
through a 0.013-in. hole in the wall
of a 1 1/2 in. I.D. Lucite tube,
about 3 ft. long. The water film
was found to ripple at all Reyn-
olds numbers and the dye thread
was dissipated within 12 to 14 in.
from the point of introduction.
Some of the wetting agent previ-
ously referred to was then added
to the water. Not only did the dye
thread become continuous through-
out the entire tube length when
the wetting agent was added, but
also the physical appearance of the
film changed, the - ripples disap-
peared, and the film became physi-
cally laminar even up to Reynolds
numbers of about 3,000. If the tube
was tapped with the hand, ripples
immediately appeared but in a few
seconds were completely damped
and the dye thread again became
continuous. These observations in-
dicate that if ripples are elimi-
nated, mass transfer rates into the
liquid should check theory. This
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has been shown to be the case in
the work of Emmert and Pigford
(6).

The possibility exists that the
uge of the wetting agent in most
of the organic acid—water systems
may have affected the dissolution
results to some extent. Ripples were
present in all the dissolution ex-
periments. Since rippling of the
water film was not visually af-
fected in these systems and since
the results check reasonably well
the data for the systems where no
wetting agent was used, it is be-
lieved that any correction necessi-
tated by the use of the wetting
agent is small.

MASS TRANSFER FROM A COATED
l‘;VALL TO A LIQUID IN FULL
IPES

In full pipes the Reynolds num-
ber criterion is well defined, and
up to the breakpoint, equations
based on laminar flow correlate
mass transfer data well(17). Lin-
ton and Sherwood(1?) also have
shown that mass transfer rates for
liquid systems follow reasonably
well the Chilton and Colburn corre-
lation(3) both in the transition and
turbulent flow ranges. (The ex-
ception to this would appear to be
the benzoic acid-water system,
which gave higher mass transfer
rates than the other two systems
studied by Linton and Sherwood;
however, these authors attributed
the higher rates to cracks which
developed in the cast pieces which
formed the tube wall.) Since the
Chilton and Colburn correlation
was developed from heat and mass
transfer measurements with gases,
the reasonable check of theory af-
forded by the Linton and Sherwood
data would appear to refute the
reasoning used previously which
proposed that differences between
heat and mass transfer for liquid
systems should be evident.

Once the method of coating ben-
zoic acid on the interior walls of
tubes was developed, two runs were
made .on the transfer rates of
benzoic acid to distilled water in a
full tube 0.310 in. I.D. by 99 in.
long. The Reynolds numbers at
which the runs were made were
intentionally selected just above
the critical point so that turbu-
lence, although not fully developed,
would be present. The mass trans-
fer rates predicted by the Chilton
and Colburn correlation(3 and 4)
in the dip region were originally
taken from heat transfer measure-
ments, to which a correction was
added for free convection due to
density and viscosity difference. In
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the light of the falling-film work,
it would be expected that for full
pipes the actual mass transfer rate
would be higher than that pre-
dicted from heat transfer measure-
ments at Reynolds numbers where
turbulence had just started. The
measured mass transfer rates for
the two runs, calculated as j fac-
tors, were found to be 2 to 2 1/2
fold as great as those predicted by
the Chilton and Colburn correla-
tion (see Figure 3).

A possible explanation of the dif-
ferences between the Linton and
Sherwood results and the two runs
made in this work is based on an
analogy from heat transfer work
with gases. When heat is trans-
ferred through a laminar boundary
layer where there is a stepwise
wall - temperature  variation, a
“starting-length correction factor”
is introduced to correlate the data.
In effect the heat transfer coeffi-
cient at a point along the heated
surface is found to be lower when
the heated section follows a surface
which is not heated than when it
does not. This decrease in heat
transfer is a function of the ratio
of the distance along the heated
surface to the total distance along
the surface and would be more
pronounced for short heated sec-
tions. While calculations for a short
heated length in a long tube (simi-
lar to mass transfer apparatus used
by Linton and Sherwood) show that
this type of correction would be
small for gases, it is nevertheless
in the right direction. If, as pro-
posed above, the effect is more
pronounced for mass transfer in
liquid systems, then the differences
between the mass transfer data
may be reconciled.

SUMMARY

An explanation for the apparent
conflict in the data for momentum,
heat, and mass transfer in falling-
liquid films below a liquid-film
Reynolds number of 2,000 is pro-
posed. The results obtained indi-
cate that apparently a slight
amount of turbulence exists
throughout what has heretofore
been thought to be a laminar film.
While the inecrease in transfer
rates due to turbulence in the film
is slight for heat and momentum
transfer, this increase is important
for mass transfer. The apparent
diffusivities herein reported for
falling films can be used directly
in the equations for the diffusion-
reaction case, which have been
predicated on the basis of a con-
stant diffusivity throughout the
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liquid. It is suggested that this
technigque be used as a means for
studying turbulence close to walls
and phase boundaries.

Although this work is confined
for the most part to falling-liquid
films, the effect of turbulence upon
liquid-phase mass transfer rates
would be expected to be quali-

tatively the same for liguid-phase
diffusion in other types of equip-
ment. Thus it is indicated that the
assumption of a constant diffus-
ivity from the phase boundary to
the bulk of the liquid may be a
much closer approximation of the

true facts than the sharp demarca- )

tion between molecular and eddy

diffusivities commonly used. Al-
though this concept does not add
measurably to present methods for
handling liquid-phase physical dif-
fusional problems, the simplifica-
tion which may be possible would
greatly aid in the solution of the
diffusion and simultaneous reac-
tion problem.

TABLE 1—PHYSICAL ABSORPTION RUNS, 100% CARBON DIOXIDE—WATER*

Tower: 1.0 in. I. D.x76.5 in. long Apparent
o 9, Saturation diffusivity,
Run iT/u Liquid Temp. Gas Temp. of exit liquid sq. ft./hr. X 10
1 2500 30.4 30.0 44.0 48.4
2 1270 33.0 31.1 50.5 25.9
3 2500 31.3 31.2 42.2 445
4 3750 30.2 31.0 374 60.4
Tower: 0.852 in. I. D.X36 in. long

5 380 32.0 304 56.8 13.2
6 690 31.2 30.5 415 15.5
7 690 31.5 30.5 48.1 20.9
8 1270 31.4 30.6 30.6 19.4

*Complcte table may be obtained as document 4560 from the American Documentation Institute Auxiliary Publications Project, Photoduplication Service,

Library of Congress, Washington 25, D. C., for $1.25 for photoprints or microfilm.

TABLE 2.—MAss TRANSFER OF BENZOIC ACID FROM A WALL TO A FALLING WATER FiLm*

Molecular Apparent Weight %,
Avg, Normality Normality A diffusivity diffusivity wetting
water exit saturated Saturation (lit. value), (Nusselt Eq.) agent
Run 4T/ temp. liquid, °C. solution of exit liquid sq. ft./hr.  sq. ft./hr. X 10 added
Tower: 74.5 in. coated length 0.91 in. 1. D.
1 2410 30.5 0.00475 0.0261 18.2 5.15x10% 30.0 0.05
2 1670 31.0 0.0055 0.0261 21.1 5.15x 108 23.1 0.05
3 1000 31.0 0.00765 0.0261 29.3 5.15%x10% 19.1 0.05
4 965 31.0 0.0079 0.0261 30.3 5.15x 105 18.6 0.05
*See footnote to Table 1.
TABLE 3.—MAss TRANSFER OF BENZzOIC ACID FROM WALL T0 WATER, FuLL PIPES
Avg. Normality Normality
water exit saturated % Nscr,
Run DG/u temp., °C. water water Approach L/D u/pDy in
Pipe: 8 ft. 3 in. coated length x0.310 in. 1. D,
1 4450 315 0.00419 0.0321 13.06 320 586 0.00782
2 5240 315 0.00350 0.0321 10.90 320 586 0.00638
TABLE 4.—MASs TRANSFER OF SUCCINIC ACID FROM A WALL T0 A FALLING WATER FIiLm
Tower: 34.5 in. coated length X 0.807 in. 1. D.
Wt. %
Molecular Apparent wetting
Avg. Normality Normality diffusivity diffusivity agent
water exit saturated % (lit. value) (Nusselt Eq.), added
Run 4T/ u temp. °C. water solution Approach Dy, sq. ft./hr.  sq. ft./hr.X10°  to water
1 1730 19.3 0.1114 112 9.94 3.1x10-5 25.7 0.05
2 1200 195 0.1264 1.12 11.3 3.1x10-5 19.2 0.05
- 848 19.5 0.1826 1.12 16.3 3.1X10-5 20.9 0.05
4 181 195 0.2406 1.12 21.45 3.1X10-5 14.7 0.05
TABLE 5.—Mass TRANSFER OF ADIPIC ACID FROM A WaALL To A FArniNne WATErR FiLm
Tower: 38.5 in. coated length X 1.13 in. I. D.
Apparent Wt. %
Avg. Normality Normality Molecular diffusivity wetting
water exit saturated % diffusivity*, (Nusselt Eq.) agent added
Run 4T/ temp., °C. water solution Approach D-sq. ft./hr.  sq. ft./hr. X10%  to water
1 1250 24.8 0.0343 0.2603 13.2 2.95%10-8 19.5 0.05
2 1373 24.8 0.0353 0.2603 13.6 2.59x10-3 22.6 0.05
3 1423 24.6 0.0363 0.2603 14.0 2.59%x10- 24.2 0.05
4 1530 245 0.0340 0.2603 13.1 2.59%10-% 24.3 0.05
5 1680 24.5 0.0329 0.2603 12.65 2.59x10-5 26.3 0.05
6 1703 243 0.0332 0.2603 12.78 2.59%X10-8 27.6 0.05

*Estimated by method of Wilke (27).
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TABLE 6.—MAsSS TRANSFER OF STEARIC ACID FROM A WALL T0 A FALLING ETHANOL* FILM

Tower: 3074 in. coated length}0.794 in. 1. D.

Apparent
Average Normality Molecular diffusivity
Liquid Normality Saturated A diffusivity 1, (Nusselt Eq.),
Run 4T/ temp., °C. exit solution Approach D, sq. ft./hr.  sq. ft./hr. X100
1 2700 24.8 0.00162 0.0458 3.54 2.48x10-8 26.4
2 2340 24.7 0.00168 0.0458 3.68 2.48X10-5 22.7
3 1980 24.7 0.00191 0.0458 4.16 2.48x10-8 21.7
4 1675 24.7 0.00194 0.0458 4.24 2.48x10-5 18.3
5 1350 24.5 0.00234 0.0458 5.10 2.48x10-8 17.1
6 1070 24.7 0.00288 0.0458 6.28 2.48<10-5 16.8
7 868 24.7 0.00354 0.0458 7.72 2.48 x10-8 17.0
8 665 24.7 0.00454 0.0458 9.91 2.48x10-% 17.0
9 478 24.7 0.00588 0.0458 12.8 2.48X10-8 16.2
10 308 24.7 0.00837 0.0458 18.3 2.48x10-8 13.2
* Ethanol used was 2B alcohol.
%+ Diffusivity from L. C. T. (13) for stearic acid in absolute alcohol.
TABLE 7.—MASS TRANSFER OF PARAFFIN* WAX FROM A WALL TO A FALLING n-BuTAnNoL FiLMm
Tower: 35 in. coated length X 0.772 in, I. D.
Wt. % Wt. % Apparent
paraftin paraffin Molecular diffusivity
Liquid in exit in saturated % diffusivity { (Nusseit Eq.),
Run 4T/ temp. °C. liquid solution Approach D ;-sq. ft./hr. sq. ft./hr. X108
1 376 38.3 0.124 1.50 8.27 0.503 X 10-5 10.7
2 792 38.1 0.0718 1.50 4.79 0.503 X 10-5 12.3
3 903 38.0 0.0676 1.50 451 0.503 ¢ 10-5 13.2
4 955 38.2 0.0655 1.50 4.37 0.503 10-° 134
5 1220 38.0 0.0669 1.50 445 0.503 X 10-5 19.2

* B, P. of paraffins correspond to Cas.

1 Estimated acid to method of Wilke (27).

NOTATION

o = interfacial area per unit liquid
volume, sq.ft./cu.ft.
B = total film thickness, ft.
C, = specific heat
C = concentration of component in
ligquid
C, = initial mixed concentration at
time zero or at top of tower
C; = equilibrium concentration at
interface
C, = mixed concentration in liquid,
distance L from top of tower
AC,, = mean concentration driving
force
D = tube diameter, ft.
D; = molecular liquid diffusivity,
sq.ft./hr.
E, = apparent
sq.ft./hr.
Ep = eddy liquid diffusivity, sq.ft./
hr.
G = mass velocity, 1b./ (sq.ft.) (hr.)
g = acceleration due to gravity,
ft./sec.2
g, = conversion factor, 1b. mass/
(ft.) (Ib. force) (sec.2)
H, =height of liquid film transfer
unit, ft.
jp = mass transfer factor, dimen-
sionless
k = thermal conductivity,
(hr.) (sq.ft.) (°C./{t.)
L = tube length, ft.
P = 1b. force/sq.ft.
8 == distance from gas-liquid inter-
face to point in liquid film, ft.
T, = temperature of wall, °C.
T, = initial temperature at time

liquid diffusivity,

P.cu./
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zero or at the top of the
tower
T, = liquid temperature, distance L
from top of tower
V = velocity, ft./hr.
V., =maximum velocity, ft./hr.
y = distance from wall to point
in liquid film
p. = viscosity, 1b./ (ft.) (hr.)
¢ = density, lb./cu.ft.
6 = time, hr.
I’ =liquid flow per unit periphery,
1b./ (hr.) (ft.)
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